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In the present work, a mathematical model is presented for simulating fluidized bed
reactors with two zones. Two reactions have been chosen as being representative of the
two main uses of this kind of catalytic reactors: propane dehydrogenation and n-butane
partial oxidation. The experimental data obtained in a bench scale plant have been
simulated using the same fluid-dynamic model for both reactions, based generally on the
description of the three-phase model and kinetic models previously developed. By apply-
ing those models, most of the trends experimentally checked can be well forecast, gaining
a better understanding of the behavior of reactors and reactions. On the other hand, some
parameters that could not be determined experimentally, such as the velocity of solid
circulation or the oxidation state of the VPO catalyst, turned out to be among the most
important reactor-related variables. © 2006 American Institute of Chemical Engineers
AIChE J, 52: 3911-3923, 2006
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Introduction

Some features of fluidized bed reactors, such as the temper-
ature uniformity along the bed, can be positively exploited in
chemical reaction processes. Catalyst circulation through the
bed allows the separation of the bed into two different reaction
zones (that is, two different atmospheres) in the same reactor
vessel by feeding the reactants separately at different bed
points, while at the same time the catalyst will continuously
move between both zones.!? This provides an opportunity to
upgrade some catalytic processes where the catalyst properties
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allow the use of semi-continuous reaction systems, where cat-
alyst oxidation and reduction may be carried out sequentially,
or the use of complex reaction set-ups, where two reactors are
used and the solid catalyst is continuously transferred between
them. Two classes of such processes are non oxidative dehy-
drogenations and selective oxidations.

Catalyst deactivation by coking is the most common prob-
lem of non-oxidative dehydrogenation processes. To remove
the coke deposits from the catalyst surface, combustion with
oxygen-diluent mixtures is often carried out off-line, either in
the same or separate reactors, after purging the flammable
hydrocarbon gases. In any case, the downtime for regeneration
represents a significant economic penalty. Various processes
have been proposed for continuously regenerating the catalyst,
such as the Snamprogetty Propane fluidized bed dehydrogena-
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Figure 1. Reactor configurations used in this work.

(a) TZFBR; (b) ICFBR. u,, u,, and u; denote the different gas
velocities in different parts of the bed.

tion (FBD-3),3 where two connected fluidized bed reactors are
used. Another problem associated with industrial dehydroge-
nation reactors is how to supply the huge quantity of heat
needed by the reaction while maintaining a careful control of
the temperature in order to minimize the formation of other
products (cracking) and maximize the yield to the desired
product. In some processes, this heat is supplied by the sensible
heat stored in the catalyst bed during the regeneration step,
while in other cases additional heat is provided by direct fuel
combustion.

Usually, gas phase catalytic oxidations involve feeding a
reactant with an oxygen-diluent mixture to a fixed or fluidized
bed catalytic reactor. Some drawbacks are associated with the
use of single fixed or fluidized beds; the most important is the
low hydrocarbon concentration that must be fed in order to
avoid flammability limits (maximum concentration of butane in
air around 1-2%). Fluidized beds are the preferred reactors for
large scale plants>7 because they allow a more efficient heat
removal and a better temperature control, and because higher
feed concentrations are possible, up to 4% butane in air, since
the fluidized catalyst acts as a flame arrester, quenching the free
radicals.® Another drawback is that it is not possible to control
the oxidation state of the catalyst in order to obtain the most
suitable product distribution. The fact that the lattice of a
catalytic oxide can act as an oxygen stock and transfer this
oxygen in oxidation reactions under suitable conditions allows
the development of new processes where the oxygen required
for the oxidation is provided by the catalyst itself, which is
reoxidized in a separate step. The best known example is the
Circulating Fluid Bed Reactor (CFBR), consisting of a riser-
regenerator system, developed by Dupont.”-

During the last decade, our group has been researching
alternative processes to both the CFBR and unsteady state
operations in one single vessel. The main target has been to
take advantage of the simplicity of using one single vessel and
that of the continuous operation of circulating systems. To this
end, we have developed two kinds of fluidized bed reactors that
use separated oxygen and hydrocarbon feeds. The first, the two
zone fluidized bed reactor (TZFBR, Figure 1a) consists of a
fluidized bed where the oxidizing mixture is fed to the lower
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part of the reactor, while the hydrocarbon is fed in an interme-
diate part of the bed. In the second, the internal circulating
fluidized bed reactor (ICFBR, Figure 1b), the solid flow is
governed by a mechanism similar to that existing in the well-
known airlift reactor employed in microbial fermentations. The
reactor is divided into two zones by a vertical wall that allows
transfer of solids between both zones through connections in
the lower and the upper parts of the bed. Because of the
different gas velocity in each zone, a pressure gradient appears,
causing solid flow between both parts of the bed.

These new reactors have been satisfactorily tested for the
oxidative coupling of methane,!® the oxidative dehydrogena-
tion of n-butane,!''!? the catalytic dehydrogenation of n-bu-
tane'> and propane,! and the n-butane partial oxidation to
maleic anhydride.? A detailed review of the use of the TZFBR
and the ICFBR has been recently published.!#

The main objective of the present work is the improvement
and further development of a mathematical model previously
proposed'>'5 for simulating the behavior of the fluidized bed
reactors described above, with the aim of understanding the
system as well as predicting the effect of the main related
variables. Two reactions not considered in the previous simu-
lation studies have been chosen, propane dehydrogenation as
representative of a catalytic dehydrogenation and n-butane
oxidation to maleic anhydride as representative of a partial
oxidation, in order to generalize the behavior of the reactors
independent of the reaction carried out inside them. Using for
both cases the same fluid-dynamic model and kinetic models
previously developed by our group for each reaction,'®!” the
experimental data obtained in our bench scale plant for the
catalytic dehydrogenation of propane over a Cr,05/Al,05 cat-
alyst' and the n-butane partial oxidation over a commercial
VPO catalyst> have been simulated.

Mathematical Reactor Model

The development of a mathematical model is necessary in
order to gain a better understanding of the behavior of the
reactor and also for further optimization and scale up. This
model is based on that previously developed's for a TZFBR, to
which several improvements were added in the model pre-
sented later'? for the simulation of an ICFBR. The main dif-
ference between the reactors is that in the TZFBR the flow of
solid between both reaction zones (the solid interchange be-
tween zones) is produced only by the transport in the wake of
the bubbles and the subsequent drop of solid in the emulsion
phase. In the ICFBR, the main flow of solid is that appearing
between the two interconnected beds due to a difference in the
pressure drop of the gas when passing through each bed. The
solid transport between beds is modeled according to the re-
sults from a previous fluid dynamic study using a cold model.'?

The fluid dynamic model considered includes the existence
of three different zones: bubble, wake, and emulsion.!® The
solid in the wake is raised with the bubble. When the bubble
reaches the bed surface, the solid in the wake is incorporated
into the emulsion. Bubbles are, therefore, responsible for the
solid mixing in the fluidized bed.

The solid exchange between wake and emulsion was also
considered. The same concentration of each gaseous compound
was assumed in the bubbles and in the wake (the gas in both
being well mixed). It will also be assumed that the gas con-
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centration in the cloud surrounding the bubble is the same as
that in the emulsion. The gas exchange between bubbles and
emulsion will be considered, as well as the solid exchange. The
following additional simplifications have been considered in
the gas flow model:

(a) Isothermal bed. This is a common assumption due to the
high degree of solid mixing. This has been experimentally
checked.!?

(b) The gas velocity and the porosity in the emulsion phase
are those measured experimentally in minimum fluidization
conditions.

(¢c) The hydrocarbon is mixed instantaneously at the feed-
ing point with the inert and oxygen streams. The hydrocarbon
is thus distributed proportionally between the bubble and the
emulsion phases (this assumption provided a better fit to the
experimental results than assuming that the hydrocarbon forms
only new bubbles). This was also assumed in the model pre-
viously developed by our group!? and is a suitable assumption
when the reaction is not very fast.!”

Therefore, in order to describe both models, their various
parts (gas and solid flow) will be discussed in some detail, and
the resulting equations shown later. Two reactions have been
simulated for both reactors (TZFBR and ICFBR): propane
dehydrogenation and oxidation of n-butane to maleic anhy-
dride. As has been explained above, the main difference be-
tween the reactors lies in the solid flow along the bed; there-
fore, a common explanation is given for the fluid dynamic
model, with special attention being drawn to the differences
between the reactors.

Fluid-dynamic model

The model for the gas flow follows mainly the description of
the three-phase model.'® We have considered that the gas rises
in the emulsion at a relative velocity equal to the minimum
fluidization velocity, and that the remaining gas rises in the
bubbles. The gas in the bubbles, according to the Davidson?°
bubble model, is continuously being recirculated to the bubble
(and, thus, the gas inside the bubble is well mixed), penetrating
the emulsion only slightly. The bubble carries with its rising
movement a certain amount of solid, called the wake.2! The
equations employed to estimate the bubble size, bubble rising
velocity, gas exchange coefficient between bubble and emul-
sion, the solid exchange coefficient between wake and emul-
sion, and other parameters that appear in the fluid dynamic
model are given in Table 1.

A value of 0.15 has been considered for f, (volumetric
fraction of wake in bubbles), roughly what may be expected for
the bubble diameter (d,)) calculated. Although some attempts to
correlate f,, with d, have been published,?>?? the large disper-
sion in the experimental values makes it difficult to predict this
parameter with precision. However, a previous parametric
study?* showed that the variation of f,, between 0.05 and 0.15
only results in small changes (less than one percentage point)
in the conversion or selectivity values predicted by the model.

The correlation of Darton et al.?* has been used to calculate
the bubble diameter in many previous studies,!? for relatively
coarse particles, such as Geldart’s Group B or D powders. For
group A particles, where both bubble coalescence and splitting
are important, Horio and Nonaka’s correlation?® is more ap-
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Table 1. Equations Employed in the Fluid Dynamic Model
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propriate and is thus chosen in the present work for the esti-
mation of bubble size.

A parametric study of the initial bubble size has been per-
formed with the aim of estimating the optimum value of this
parameter. According to Horio and Nonaka,?¢ the initial bubble
diameter for a porous plate must be calculated by using the
equation given in Table 1, but results obtained by this equation
for the experimental conditions used in this work forecast an
initial bubble diameter that is too small (<0.05 mm). Since the
initial bubble diameter must be at least as large as the particle
diameter (0.2 mm), the initial bubble diameter was varied
between 0.2 and 2 mm, the best results being obtained for a
value of 0.5 mm.

Kinetic models

Propane Dehydrogenation. — The proposed kinetic model
for propane dehydrogenation over a Cr,05/Al,O5 catalyst has
been previously published.’® As is shown in Figure 2a, a
Langmuir—Hinshelwood mechanism is proposed for the main
reaction, while a potential kinetic equation is used for the
formation of light hydrocarbons (mainly methane and ethyl-
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Figure 2. Kinetics used in this work for the dehydrogenation of propane and the partial oxidation of n-butane.

ene). Coke formation kinetics correspond to a monolayer— Butane Partial Oxidation to Maleic Anhydride.  The kinet-

multilayer mechanism, while the influence of coke content over
the catalyst activity is given by an exponential equation that
takes into account monolayer and multilayer coke growth. The
values of the kinetic constants are given in Table 2.

Table 2. Kinetic Data Used in This Work for the
Dehydrogenation of Propane (Figure 2a)

Parameter [units] Value
ko, [mmol/g - s - bar] 5.16 E-2
Ko, [—1 3450
E,, [kJ/mol] 355
AH [kJ/mol] —595
o, [g + cat/g - coke] 813
a, [g * cat/g - coke] 289
koo [s7'] 242E-3
kos [s7'] 3.57E-4
E ,, [kJ/mol] 221
E .5 [kJ/mol] 325.8
Chax [mg coke/mg cat] 6.82 E-4
ko4 [mmol/g « s - bar] 1 E-4
E,, [kJ/mol] 308

Arrhenius type dependency was assumed and parameters are reparametrized
according to: k; = k,, - exp — Ea,* (1/T — 1/T,)) or K, = K, * exp(—AH -
(/T — 1/T,)), with T,, = 823 K.

m
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ics of butane partial oxidation to maleic anhydride over a VPO
catalyst has recently been studied in detail.'” The proposed
model (Figure 2b) assumes the presence of adsorbed oxygen in
the catalyst and catalyst’s oxygen (surface and subsurface).
Adsorbed oxygen reacts with n-butane to produce COx and
maleic anhydride. In addition, the oxygen in the superficial
layers of the catalyst is consumed in the oxidation reactions to
maleic anhydride and COx (mainly CO), being replenished by
diffusion from the subsurface. Reactions take place between
the surface oxygen and the adsorbed n-butane, which adsorbs
in different sites than adsorbed oxygen. When the catalyst is
reoxidized, oxygen in the gas phase reacts to form adsorbed
oxygen, then is incorporated in the superficial layers, and
finally diffuses from the surface to the subsurface. The values
of the kinetic constants are given in Table 3.

Mass Balances

The reactor model considers nine gaseous compounds for the
propane dehydrogenation: argon, propane, propene, methane,
ethylene, water, hydrogen, oxygen, and CO,. For the partial
oxidation of n-butane, seven gaseous compounds are consid-
ered: helium, oxygen, n-butane, maleic anhydride, CO,, CO,
and water. Mass balances for the gas phase are similar for both
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Table 3. Kinetic Data Used in This Work for the Partial Oxidation of n-Butane (Figure 2b)

Parameter [units] Value Parameter [units] Value
ko, [mmol/min - g - bar] 9.820 ko7 [mmol/min - g - bar] 0.489
Ea, [kJ/mol] 33.1 Ea, [kJ/mol] 106.1
ko, [mmol/min - g] 0.331 kog [mmol/min - g - bar] 0.166
Ea, [kJ/mol] 30.9 Eag [kJ/mol] 82.0
ko3 [mmol/min - g] 0.219 koo [mmol/min - g - bar] 0.087
Eas [kJ/mol] 134.0 Eay [kJ/mol] 137.9
ko, [mmol/min - g - bar] 0.140 Koeqi [bar™'] 55.85
Ea, [kJ/mol] 138.1 AH, [kJ/mol] —30.6
kos [mmol/min - g - bar] 0.855 Koeqr [bar™'] 94.213
Eas [kJ/mol] 50.3 AH, [kJ/mol] —1143
koe [mmol/min - g - bar] 0.349 Ng [mgO/g] 2.44
Eag [kI/mol] 324 N, [mgO/g] 11.6

Arrhenius type dependency was assumed and parameters are reparametrized according to: k; = ky; - exp — Ea, * (1/T — 1/T,))) or K; = K, - exp(—AH * (1/T —
1/T,)), with T,, = 673 K.

kinds of reactor (the flow for the gas is the same independent Propane dehydrogenation:
of the shape of the fluidized bed) and for both reactions (the In the wake: TZFBR and ICFBR
only difference is in the kinetics). They are as follows:

In the bubble and wake phase: Acfyrp-dla-Cn)  Apefy-ala-uy-C.,)

8(((1 +forar smj) “A- Ci,B) ot 9z
at A-f, 9o ug)
+ ()\1 ‘ Cc,w + )\2 ° Cc,e) * %
. —i((a+ « S Smf) “Acug- Ci,B) ¢
B az —K,.'Af,rap-(C, —C.)+re f,raAp (3)
(a+ o fi e, A up)
TN Cpt G oz In the emulsion
TZFBR:
- KB,e A (0‘ +oaf,- Smf) : (Ci,B - Ci,e)
(1 — &) fu Ap-a((l—a—a-f,) C.)
+ri, .p.i'.A.(aJ,_fw.a.em) (1) p w. ce
B (1 +f;¢' : smf) 4 at

~ Arpra(l—a—acf)u,Cl)

In the emulsion phase:

az
a((l—(a+a-f)) A C) A-fi, (o ug)
ot - ()\l : Cc,w + )\2 * Cci,e) 'T
= _(")(A ) (1 = (Ol + a'fW)) Uy Ci"’) - Ke,w “A- (1 —a— a'ﬁv) P (Cc,e - C(:,w)
9z trec(l—a—a'f)-Ap 4
I(a+ afy, e, A up)

= (A Cipt Ay Ci,e) .

Iz ICFBR:
—Kg,"A- (a+a S Smf) : (Ci,e - Ci,B)

+rpgpl—gpA-(1—(atf,raey) 2) Ap-o((l—a—a-f,) C.)
ot
The flow model for thel: soli(.i is.different depending on the (1l —a—a-f) G, C.)
reactor and on the reaction kinetics, as has been explained = — : :
above. For the dehydrogenation of propane, the main variable
concerning the solid is the amount of coke over its surface A-f, (o up)
(coke concentration), which will vary along the bed but will =N Cop T A C) T
remain almost constant in the steady state. Regarding the
partial oxidation of n-butane, since two different oxygen con- K., A(l-a-af)p(C.—C.)
ce.:ntr?ltions of the? catalyst have been ta}ken into apcount in the Yre-(l—a—a-f)-Ap (5
kinetic model (Figure 2), two terms will appear in the reactor ‘
model for the solid mass balances in wake and emulsion. The
detailed equations for each reactor and reaction system are Butane oxidation:
shown below. In the wake: TZFBR and ICFBR

9z
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Figure 3. Model predictions for the evolution of propane conversion, selectivity to propene, selectivity to cracking
products, and coke profiles along the bed for both reactor configurations used in the propane catalytic

dehydrogenation.

T = 550 °C; W/F = 100 g.h/mol; Q,, = 18 cm® (STP)/s; Qeapg = 26 cm*(STP)/s; Qu, = 2 cm*(STP)/s; hy/hy = 0.5 (TZFBR); u, = 3.
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The term d(up * a)/dz - (A C;p + Ay - C;,) 3133 takes
into account the solid flow between wake and emulsion as a
consequence of the variation of the bubble properties with
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height. A change in the volume of the bubble must be com-
pensated by a net gas (or solid) flow from the emulsion to the
bubble and wake or vice-versa. This is done as follows:

Ay )

A=1 A=0 WhenT<0 (9a)
A(up* @)

A =0 A,=1 when TZO (9b)

The mass balances for each case constitute a system of
partial differential equations. In steady state the derivatives
with respect to time are null, resulting in an ODE system that
is solved by applying a solver based on the numerical differ-
entiation formulas3+3> specially recommended for stiff prob-
lems. Solution in the steady state has been searched for in each
of the four reactor models. In the case of TZFBR, the process
applied consisted in the search (by a simplex method) for a
value of the concentration of coke (for propane dehydrogena-
tion) or of the surface and lattice oxidation state of the catalyst
(for n-butane partial oxidation) in the bottom part of the reactor
that would close the mass balance of oxygen. In the case of
ICFBR, this search is aimed at closing the mass balance of
oxygen and forecasting the same concentration of coke (for
propane dehydrogenation) or the same catalyst oxidation states
(for the selective oxidation) at the top and the bottom part of
each interconnected reactor.

Results and Discussion

The models described above have been employed to predict
the performance of the TZFBR and ICFBR, as well as to
provide an estimate of the concentration profiles of the differ-
ent species in the gas and solid phase along the different
reactors. The methods developed could be employed in further
optimization, as well as to devise improved operation methods.

November 2006 Vol. 52, No. 11 AIChE Journal
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Figure 4. Influence of the O, flow upon propane conver-
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Experimental data (symbols) versus model prediction (lines).
Configuration: TZFBR; T = 550°C; W/F = 150 g.h/mol;
Qyu, = 24 cm?® (STP)/s; Qg = 26 cm? (STP)/s: hy/h, = 0.5;

u. = 3.6.

Dehydrogenation of propane

Figure 3 shows the model prediction for the variation of
conversion, selectivity to propene, selectivity to cracking prod-
ucts, and coke profiles along the bed for both reactor config-
urations. Since propane dehydrogenation is an equilibrium
limited reaction, conversion rise decreases dramatically when
closing the equilibrium conversion (35% approximately at
550°C). Low selectivities to propene in the bottom part of the
reaction zone of the TZFBR (Figure 3a) are due to the com-
bustion of propane with the oxygen not converted in the re-
generation zone. The fast increase of the coke concentration in
the last part of the regeneration zone for the TZFBR is pro-
duced by the sum of two facts: the decrease in the oxygen
partial pressure and the nearness to the reaction zone. The
evolution of the coke profile in the ICFBR (Figure 3b) is also
remarkable; the amount of coke in the reaction zone is smaller
than that of the TZFBR. Since coke growth depends only on
the time,'® we can conclude that the residence time for the
catalyst in each zone is smaller in the ICFBR.

The amount of O, fed turned out to be one of the most
important variables in our previous experimental work.! Figure
4 shows its effect for a set of experiments performed with a
constant input of argon and propane and different O, inputs.
The model predictions are in agreement with the observed
experimental trend (a maximum in propene yield is found for
an intermediate O, flow). As has been pointed out, too small
amounts of oxygen are not able to regenerate the catalyst,
producing a decrease in conversion, while an excess of oxygen
will react with the propane when reaching the reaction zone,
resulting in a selectivity decrease.

Figure 5 shows a comparison between the model predictions
of coke profiles along the bed with the experimental data
obtained by analyzing catalyst samples gathered from the re-
actor after 8 hours under steady state conditions. The predic-
tions agree more than satisfactorily taking into account the
difficulty in obtaining reliable experimental data (catalyst sam-
ples were obtained with the help of a solid probe).

AIChE Journal November 2006 Vol. 52, No. 11

Published on behalf of the AIChE

The comparison between the model prediction for the ex-
periment with 2 cm® (STP)/s of oxygen with the prediction
shown in Figure 3a is also very interesting: the experimental
conditions are similar, the only difference being the amount of
argon fed. This is greater in the Figure 5 experiment, which
corresponds with the smallest amount of coke (although the
oxygen concentration in the regeneration zone is greater for the
smallest amount of inert gas). This fact shows again the great
influence of the catalyst circulation between both zones. On the
other hand, propane conversion is almost the same for both
experiments. Although the bubble diameter increases with an
increase in the gas flow, this is because of the sum of two facts:
the equilibrium conversion increases with increasing propane
dilution and the amount of coke is smaller, and therefore the
activity of the catalyst is greater.

The influence of the catalyst circulation on the performance
is more remarkable in the ICFBR system. Figure 6 shows the
fit of the experimental and model prediction for propene yield
against the predicted velocity of catalyst circulation for three
sets of experiments with the same flowrate of propane fed in
zone 2 (Figure 1b), and three different oxygen flowrates, fed in
zone 3 (Figure 1b). Differences in catalyst circulation were
obtained by feeding different inert amounts with the propane,
thus increasing the porosity in the reaction zone but keeping the
porosity constant in the regeneration zone. From the plot, it can
be deduced that, in the case of the ICFBR, an increase in the
amount of oxygen fed should always be advantageous because
oxygen will never reach the reaction zone (the zones are
separated by a vertical plate instead of relying on the oxygen
consumption, as in the TZFBR) The largest discrepancy be-
tween the model predictions and the experimental data is found
in the high solid interchange velocity zone: as is shown in
Figure 6, experiments with the smallest amounts of oxygen (1
and 1.5 cm*(STP)/s) produce experimental results better than
those forecast by the reactor model, while experimental yields
for the experiments with the highest amount of oxygen are
lower than the predictions of the model. This trend can be
related with the capability of Cr,05/Al,05 catalyst to promote
combustion.3®37 This fact was not taken into account in the
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Figure 5. Coke concentration along the catalyst bed for
two different O, flowrates fed into the reactor.

Experimental data (symbols) versus model prediction (lines).
Same operation conditions as in Figure 4.
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Figure 6. Effect of the velocity of solid interchange be-

tween zones in the ICFBR reactor over pro-
pene yield.
Experimental data (symbols) vs. model prediction (lines). T =
550°C; W/F = 100 g.h/mol; Q,,, (bottom part of the reac-
tor) = 16 cm? (STP)/s; Qg = 26 cm? (STP)/s; Q ., (mixed
with the propane) = 5-16 cm® (STP)/s; Qp, = 1-2 cm?®
(STP)/s.

kinetic model and, therefore, the reactor model will not be able
to forecast this behavior.

Figure 7 shows a comparison between the experimental data
and model predictions for the effect of the temperature upon
propane conversion and propene selectivity for a set of exper-
iments carried out in the TZFBR with a constant input of
propane and argon, while the flow of oxygen was varied to
achieve an optimum steady state at each temperature. As might
be expected from the kinetic model, selectivity to propene
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Figure 7. Effect of temperature upon propane conver-
sion and propene selectivity.
Experimental data (symbols) vs. model prediction (lines).
Configuration: TZFBR; W/F = 125 g.h/mol; Q,, = 24 cm?®
(STP)/s; Qcsps = 26 cm?® (STPY/s; hy/hy = 0.5; u, = 3.6.
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Figure 8. Influence of relation between the length of the
reducing and the oxidizing zones using the
same amount of catalyst in the bed.

Experimental data (symbols) vs. model prediction (lines).
Configuration: TZFBR; T = 550°C; Q4, = 24 cm’® (STP)/s;
Qcsus = 26 cm® (STPY/s; Qg = 2.5 cm® (STP)/s; W =
800 g; u, = 3.6.

decreases dramatically by increasing the temperature as a result
of the difference between the activation energies of propane
dehydrogenation and the cracking reaction (the second is 10
times larger than the first) and the strong effect of temperature
upon coke formation.

The relative size of each zone for the TZFBR has also been
studied. Figure 8 shows the propane conversion and selectivity
to propene for three experiments with the same catalyst weight
loaded in the reactor but with different propane entry points,
that is, for the same total height of the bed (H) but differences
between the height of the reducing and the oxidizing zones
(thus, different W /F ratios). The feed flows of oxygen, pro-
pane, and argon in the reactor were the same for each case. The
experimental trend of increasing conversion and decreasing
selectivity with increasing the reaction/regeneration zone
height ratio is confirmed by the reactor model. Coke content in
the reaction zone increases by decreasing this ratio, which
results in a less selective catalyst.

Partial oxidation of n-butane to maleic anhydride

Figure 9 shows the model prediction for the variation of
conversion, selectivity to maleic anhydride, selectivity to CO,,
and profiles of internal lattice and surface lattice oxygen along
the bed for both reactor configurations. The evolution of the
oxygen content in the catalyst is very remarkable: consumption
of oxygen in the catalyst core (named lattice oxygen) is diffu-
sion controlled in both reactors, either in the presence or
absence of oxygen in the gas phase, while the consumption of
adsorbed oxygen changes depending on the presence or ab-
sence of gas phase oxygen in the reaction zone. In the case of
the TZFBR, some gas phase oxygen remaining from the re-
generation zone (at the bottom part of the reactor) reaches the
top part, maintaining the adsorbed oxygen over the catalyst. On
the other hand, in the case of the ICFBR plotted experiment, no
gas phase oxygen is present in the reaction zone, which pro-
duces fast adsorbed oxygen consumption. Since the catalyst
oxidation state profile in each reactor is different, a different
conversion—selectivity curve is obtained for each reaction prod-
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Figure 9. Evolution of n-butane conversion, selectivity to maleic anhydride, selectivity to CO and CO,, and 6 and A
profiles along the bed for both reactor configurations used in the partial oxidation of n-butane.

Experimental data (symbols) vs. model prediction (lines). T = 420°C; Peypy9 = 4%; Po, = 24%; u, =

hy/h, = 0.5; ICFBR i.d. = 10cm.

uct, that is, selectivity to CO is greater than CO, selectivity in
the case of the ICFBR (gas phase oxygen absence), while in the
TZFBR CO, is 4 times greater than CO selectivity. On the
other hand, MA selectivity follows similar behavior in both
reactor configurations: when the n-butane comes into contact
with the highly oxidized catalyst, complete oxidation to CO, is
the main occurring reaction, producing low MA selectivity.
When the catalyst surface is not totally oxidized (A, ~ 0.8), a
maximum in MA selectivity appears, decreasing after this
point. The difference between the reactors is a result of the gas
phase oxygen present in the TZFBR, which replenishes the
catalyst oxygen. These trends are in agreement with the exper-
imental results obtained in the TZFBR and ICFBR,? as well as
with several studies.?® It is important to note at this point that
since an intermediate catalyst oxidation state is necessary for
achieving the best results, the velocity of the solid circulation
will also play a key role in this reaction.

The influence of the relative size of each zone for the
TZFBR has also been studied; Figure 10 shows the effect of
this variable on butane conversion and MA yield for a set of
experiments under different n-butane partial pressures with the
same catalyst weight loaded in the reactor but with different
propane entry points. As expected, the n-butane conversion
increases when the reaction zone increases, but increases in the
MA yield are almost negligible. This fact is explained by the
model as a result of the degree of catalyst reduction, which
increases when increasing either the n-butane partial pressure
or the reaction zone length.

Another interesting trend is the existence of an optimum
n-butane—oxygen ratio to be fed into the reactor in order to
achieve a maximum MA yield. This trend, observed experi-
mentally, has been compared with the predictions of the model.
Figure 11 shows the experimental data with the model predic-
tions for n-butane conversion and MA selectivity as well as
model predictions for O, pressure and catalyst oxygen evolu-
tion along the bed for a set of experiments where, maintaining
the n-butane pressure and the total gas flow constant, the
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3; TZFBR i.d. = 6 cm; h, = 40cm;

O,/n-butane ratio was varied between 4 and 8. As is shown, the
best selectivity results are obtained for an O,/n-butane ratio of
around 6. Values in the reaction zone of Ay ~ 0.6 and Og,pqurface
~ 0.8 seem to be the most appropriate for performing the
partial oxidation of n-butane at this temperature (400°C),
which agrees with several authors.? This very interesting fact
suggests that there should exist an optimal O,/n-butane ratio
for each n-butane concentration and n-butane entry point and
for each temperature. Furthermore, it also provides a driving
force for developing new reactor configurations, such as mem-
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Figure 10. Influence of relation between the length of
the reducing and the oxidizing zones using
the same amount of catalyst in the bed.

Experimental data (symbols) vs. model prediction (lines).
Conhguratlon TZFBR; T = 400°C; POZ/PC4H10 6; Qr =
2600 cm® (STP)/s; W = 600 g; u, = 3
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(a) Experimental data (symbols) vs. model prediction (lines). (b) Model predictions for the evolution of oxygen partial pressure. (c) and (dg
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brane reactors,**#! where the distribution of O, is almost con-
stant along the catalyst bed, or CFB reactors,” where the small
residence time of the catalyst (which can be varied by control-
ling the solid flow between both catalyst beds) in the reaction
zone also allows a good control of the oxidation state of the
catalyst.

In order to gain a better insight into the effect of the resi-
dence time, two sets of experiments were performed in the
ICFBR system: in each of them, butane was fed to a different
reactor compartment, that is, the axial slot allows the partition
of the reactor vessel into two beds of different sizes, intercon-
nected at the bottom and the top, and in this study butane was
fed in some experiments to the smallest bed and in other cases
to the largest bed, while a He-O, mixture was fed to the
opposite bed. Table 4 shows the experimental results for n-
butane conversion and maleic anhydride selectivity together
with the model predictions for the average oxidation states of
the catalyst in each case. As expected, the oxidation state of the
catalyst in the bed is higher in the experiments with the shortest
catalyst residence time (configuration 2), resulting in a better
reactor performance. Considering these results, it would be
expected that feeding some oxygen together with the n-butane
in the reaction zone of the ICFBR should increase the maleic
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anhydride selectivity. Figure 12 shows the variation of conver-
sion and MA yield for a set of experiments where different
amounts of oxygen were added together with the n-butane
flow, while the total flow of oxygen was kept constant, main-
taining an O,/n-butane ratio of 6. As is shown, the effect of
adding some gaseous oxygen together with the n-butane is
beneficial for the performance of the reactor.

Final Considerations About the Model

In simulation studies in general, a balance must be struck
between model applicability, the time necessary to reach a
solution, and reliability of the forecast data. Obviously, the best
model will be that able to be applied to the majority of
conditions in the shortest possible time. In the first model for a
TZFBR presented by our group,'> a parametric study of the
effect of the bubble diameter over the main reactor-related
variables demonstrated that when using a lab scale reactor, this
variable has little effect on the performance. In the present
work, involving the attempted simulation of experiments at
bench scale, it has been necessary to add a varying bubble
diameter to the model. This has necessitated the inclusion of
new terms in the mass balances, resulting in a more compli-
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Table 4. Influence of the Relative Size for Oxidizing and Reducing Zones in the ICFBR Reactor

% n-Butane X (experimental)/X (model) Swia (€xp)/Sy,4 (model) 0,45 Olattice
N 4 68/70 43/38 0.12 0.83
5 65/63 43/38 0.09 0.81
g
2 6 61/59 43/39 0.06 0.79
5
&
S O, = = C4Hyg 7 57/54 4442 0.047 078
! 8 50/49 47/42 0.038 0.76
He
% n-Butane X (experimental)/X (model) Saa (€xp)/Sy4 (model) 0,45 Olattice
M 4 75175 47/52 0.28 0.93
5 69/66 50/51 0.23 0.91
(o]
g
§ 6 55/55 52/50 0.18 0.90
5o
€
S CHig = =0, 7 43/46 53/48 0.15 0.90
) 8 41/38 52/46 0.12 0.90
He

W = 1500 g, F, = 6600 cm® (STP)/min.

cated and slower to solve mathematical problem, especially
because of the addition of the transversal flow term. This term
makes the model more unstable from a mathematic point of
view; furthermore, achieving a solution for the differential
equations system proposed in the mass balances requires more
computational resources. In these circumstances, it should be
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Figure 12. Effect of the presence of gas phase oxygen in
the reducing zone in the ICFBR.

Experimental data (symbols) vs. model prediction (lines).
Ceanio = 4%; T = 400°C.
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questioned whether this improvement is worthwhile or if it
only results in using up computational resources without a
corresponding improvement in the performance of the model.
To this end, we have compared the results forecast by models
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Figure 13. Influence of the bubble diameter on the oxy-
gen adsorbed and catalyst oxygen in the
TZFBR reactor (maleic anhydride synthesis).

T = 420°C; Pegyio = 4%: Po, = 24%; u, = 3; hy = 40cm;
hy/h, = 0.5.
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Table 5. Influence of the Bubble Diameter in the
Performance of the Mathematical Model in the TZFBR
Reactor (maleic anhydride synthesis)

Bubble n-Butane MA
Diameter Conversion (%) Selectivity (%)
Experimental — 71 41
Constant d,, 0.2 cm 92 39
Constant d,, 0.8 cm 81 40
Constant d,, 1.2 cm 65 35
d, Variable 0.1-1.3 cm 73 41

T = 420°C; Peyyyo = 4%: P, = 24%; u, = 3; hy = 40 cm; h,/h, = 0.5.

both with and without a constant bubble diameter for the partial
oxidation of n-butane in a TZFBR. For this reactor, the forecast
bubble diameter° varies between 0.1 and 1.3 cm. Diameters of
0.2, 0.8, and 1.4 cm have been tested in the model with a
constant d,,

Figure 13 shows the variation of the surface and lattice
oxygen calculated with the model using either a constant d,, or
variable d,, for some given experimental conditions. Table 5
shows the forecast n-butane conversion and MA selectivity as
well as the experimentally observed conversion and selectivity
for the given conditions. As can be observed, several differ-
ences exist between each prediction. A small bubble diameter
produces a fast reaction rate and little solid circulation,'> while
gas phase oxygen oxidizes the catalyst quickly, producing
almost constant profiles in the whole reactor. A large bubble
diameter means that a large part of the gas in the bubble crosses
the bed without contacting the catalyst, and the circulation of
solids is greater. Gas phase oxygen is not able to oxidize the
catalyst, resulting in a poorer reactor performance. On the other
hand, the use of a model with a variable bubble diameter
provides better results: the forecast conversion and selectivity
are close to experimental data (Table 5), and more coherent
predictions for the catalyst oxidation state are given.

This study leads to the conclusion that the bubble diameter
has a large effect on the model performance when exceeding
the lab scale. Although the inclusion of new terms in the mass
balances could slow down the process of reaching a solution, it
also produces an important improvement in predicting the
reactor performance.

Conclusions

The three phase reactor model presented here combined with
previous kinetic studies satisfactorily describes most of the
trends observed during the extensive experimental work per-
formed by our group in the catalytic dehydrogenation of pro-
pane and the partial oxidation of n-butane. Results for both
fluidized bed reactors (TZFBR and ICFBR) and both reactions
are successfully described by the models presented.

Various parameters that could not be determined experimen-
tally, such as the velocity of solid circulation or the oxidation
state of the VPO catalyst, turned out to be among the most
important reactor-related variables. Helped by the model, sev-
eral improvements to the reactor may be made in future works.
To sum up, the present work constitutes an important step
forward in the understanding of fluidized bed reactors with two
zones.
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Notation

C, 5 C;, = concentration of the i compound in the bubble and the
emulsion phases, respectively, [mol.m ]

f,, = fraction of wake in bubbles, -
F = feed flow (mol.s™!)
g = gravity acceleration, [m.s 2]
h = bed height [cm]
h, = total bed height [cm]
h,, = height of the hydrocarbon feed point [cm]
Ky .. K, = gas exchange coefficients between bubble and emulsion or
vice-versa [s ]
K,. = bubble-cloud exchange constant, [s~']
K., = cloud-emulsion exchange constant, [s~']
K, . K., = solid exchange coefficient between wake and emulsion or
vice-versa [s ']
P, = percentage of hydrocarbon in the reactor total feed [%]
P; = partial pressure of component i, bar
Q, = volumetric flow rate of component i (cm® (STP)/s
T = temperature [K],
r; = reaction rate or mass transport rate in step i
TZFBR = two zone fluidized bed reactor
ICFBR = internal circulating fluidized bed reactor
u, = gas velocity [cm (STP)/min]
u,,, = minimum fluidization velocity [cm (STP)/min]
u, = bubble velocity [m/s]
u, = relative gas velocity (u/umf)
u, = solid velocity [m/s]
W = amount of catalyst in the reactor [g]
W, = amount of catalyst in the reacting zone [g]
d,, = bubble diameter [m]
db, = initial bubble diameter [m]
dg,, = maximum bubble diameter [m]
D, = reactor diameter [m]
D = diffusion coefficient (m?/s)
o = fraction of bed in bubbles
Osupsurface = concentration of oxygen in the catalyst lattice
urface = CONCentration of lattice oxygen in the catalyst surface
A, = concentration of adsorbed oxygen in the catalyst surface

p = solid density [kg/m?]
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